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Abstract

Gas holdup, mixing, liquid circulation and gas—liquid oxygen transfer were characterized in atargerf) draft-tube airlift bioreactor
agitated with Prochef hydrofoil impellers placed in the draft-tube. Measurements were made in water and in cellulose fiber slurries
that resembled broths of mycelial microfungi. Use of mechanical agitation generally enhanced mixing performance and the oxygen
transfer capability relative to when mechanical agitation was not used; however, the oxygen transfer efficiency was reduced by mechanical
agitation. The overall volumetric gas—liquid mass transfer coefficient declined with the increasing concentration of the cellulose fiber solids;
however, the mixing time in these strongly shear thinning slurries was independent of the solids contents (0-4% w/v). Surface aeration
never contributed more than 12% to the total mass transfer in air—water. © 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction annular riser zone and not beneath the impeller; therefore,
flooding becomes less of a concern.

Airlift bioreactors and mechanically stirred tanks are  In viscous aerobic fermentations the performance of air-
widely used in bioprocessing [1,2]. Airlift bioreactors are lift reactors can be significantly enhanced by installation of
useful with relatively less viscous fluids and when there is an axial flow impeller in the downcomer to improve the cir-
a need for gentle agitation [3] and low-cost oxygen transfer culation of the fluid. This approach has been demonstrated
[4,5]. In comparison, conventional stirred fermenters have with fermentations of the mycelial microfungbeurospora
a broader range of applications but they perform poorly in sitophila[10]. It has also been found useful with less vis-
highly viscous non-Newtonian media, have a poorly de- cous yeast broths [7,11]. In highly viscous, non-Newtonian,
fined mixing pattern relative to airlift reactors, and cannot broths of Saccharopolyspora erythragéhe use of a ma-
be aerated at a high rate because of impeller flooding. A rine propeller located near the bottom of the draft-tube has
mechanically stirred hybrid airlift bioreactor with one or been reported [6] to enhance the yield of the antibiotic ery-
more downward pumping axial flow impellers located in thromycin by ca 45% compared to the basic annulus-sparged
the draft-tube (Fig. 1) and aeration confined to the annular airlift configuration. For similar highly viscous broths of
zone, potentially overcomes some of the limitations of both the microfungusN. sitophilain annulus-sparged draft-tube
the conventional stirred and the airlift vessels. This hybrid reactors, Moo-Young et al. [10] had earlier established that
bioreactor has a highly directional flow pattern similar to the airlift configuration supplemented with a low-shear axial
that of an airlift device but it can achieve greater rates of flow impeller in the draft-tube was better than the pure airlift
fluid circulation than are possible in conventional airlift re- device. Also, the airlift-impeller hybrid reactors have been
actors. Highly directional and enhanced circulation of fluid confirmed as more effective aerobic bioreactors than the
means an improved capability for suspending solids and conventional, Rushton turbine-stirred fermenters [5,10,12].
reduced axial gradients of concentration of nutrients and Whereas the stirred hybrid airlift reactor has been shown
oxygen. Such gradients are known to occur in tall airlift to perform well, little is known about such devices com-
reactors and affect performance adversely [1,6-9]. Further-pared to the knowledge base for the design of conventional
more, in the hybrid configuration, the gas is sparged in the stirred [2,13] and airlift bioreactors [1,5,14,15]. This work

reports on hydrodynamic and mass transfer characteriza-
tion of a large (>1 ) impeller-assisted airlift bioreactor.
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Nomenclature

Vid

Xs

gas-liquid interfacial area per unit dispersion
volume (nT?1)

gas—liquid interfacial area per unit liquid
volume (nT1)

cross-sectional area of downcomerjm
cross-sectional area of riser Yn
instantaneous concentration of dissolved
oxygen (kmol n3)

concentration of suspended solids (kg
initial concentration of dissolved oxygen
(kmolm~3)

saturation concentration of dissolved oxygen
(kmolm=3)

mean bubble diameter (m)

column diameter (m)

sparger hole diameter (m)

diameter of the impeller (m)

diameter of draft-tube (m)

tank diameter (m)

diffusivity of the transferring gas in

liquid (m?s~1)

fractional approach to equilibrium defined
by Eq. (5)

mass transfer efficiency defined by Eq. (22)
impeller flow number

gravitational acceleration (n3)

vertical distance between pH electrodes (m)
gas-liquid mass transfer coefficient (m3
overall volumetric gas—liquid mass transfer
coefficient (s1)

consistency index (P&3

flow behavior index

rotational speed of the impeller (%)

total power input (W)

power input due to gassing (W)

power input due to agitator (W)

impeller power number

volume flow rate of gas (As 1)

volume flow rate of liquid (Ms™1)

reynolds number of the impeller

time (s)

time interval between tracer response peaks
initial or start time (s)

superficial gas velocity based on the total
(riser+ downcomey cross-section (ms)
superficial gas velocity in the riser zone
(ms™)

volume of liquid (n¥)

linear liquid velocity in the downcomer (nT$)
exponent in Eq. (13)

concentration of suspended solids (% w/v)
exponent in Eq. (13)

s)

Greek letters

o Parameter in Eq. (13)

% Average shear rate (3)

£G Overall fractional gas holdup

eacd Gas holdup in the draft-tube

nap  Apparent viscosity of the fluid (Pas)
L Viscosity of liquid (Pas)

oL Density of the liquid (kg m?)

oL Interfacial tension (N mt)
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Fig. 1. The hydrofoil impeller-agitated airlift bioreactor.

have been evaluated for use in bioreactors in the past, but
mostly only in the conventional baffled stirred tank config-
uration [16-20]. A few studies have been reported in reac-
tors with axial flow marine propellers inside draft-tubes, but
only in relatively small £2501) vessels [6,11,21,22].

2. Materials and methods
2.1. The reactors and fluids

Measurements were made in a concentric draft-tube biore-
actor (Fig. 1) that was agitated with two identical downward
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could be estimated with the following correlations:
K = (8.9C2 — 80.7Cs — 70.4) x 1073, (1)

n = (996— 44.7Cs+ 0.6C2) x 1073, 2

whereCs is the concentration of SF solids in kgth Egs.
(1) and (2) are based on previously reported properties
[1,23]; the correlation coefficients for these equations were
Fig. 2. The Procheff Maxflo T impeller. 0.996 and 0.998, respectively. The data used in obtaining
Egs. (1) and (2) had been measured atQ®ver the ap-
proximate shear rate range of 1-8391]. The density
pumping Prochef® Maxflo T hydrofoil impellers (Fig. 2). of the fluids ranged from 998 to 1020 kgth at 20°C.
The 5-bladed impellers, 0.32m in diameter, were mounted The surface tension of all fluids was %510 °Nm~1, as
on a 0.039 m diameter shaft placed at the centerline of thepreviously reported [1,23].
bioreactor vessel. The vertical distance between the im- The SF cellulose fiber slurries in salt solutions are known
pellers was 0.68 m and the lower impeller was located 1.02 mto simulate well the rheological properties of the broths of
from the bottom of the tank. mycelial fungi and filamentous bacteria [1,23] growing in
The bioreactor vessel was 0.755m in diameter and its the non-pelleted pulplike morphology. The cellulose fibers
overall height was 3.21 m. The draft-tube, 0.50m in inter- resemble mycelia and filaments &nicillia, Aspergilli,
nal diameter and 2.06 m tall, was located 0.21 m above theNeurosporaand streptomyces.
bottom of the tank. The vessel was sparged in the annu-
lar zone through a perforated pipe ring sparger (96 holes2.2. The measurements
of 0.002m in diameter located on two concentric sparger

rings of 0.013m tube diameter). The/Aq ratio was 1.27. Experiments were conducted batchwise with respect to
The Working volume and the overall volume of the bioreac- the ||qu|d orthe S|ur|’y phase_ All measurements were &t 22
tor were 1.10 and 1.46?mespective|y. The bioreactor was 2°C. Air from ~20 MPa mains was supplied to the reactor
made of stainless steel; two vertical glass windows on the through a filter, pressure regulator, flow control valve and
side walls of the vessel allowed inspection of the liquid level. rgtameter. The flow arrangement was such that the air could
The static liquid height was 2.46 m in all experiments. The pe substituted instantaneously with nitrogen from cylinders.
impellers were agitated with a 3hp motor (575V, 3-phase,  Gas holdup, or the volume fraction of gas in dispersion,
3.9A) and a variable speed gearbox. was measured by the volume expansion method [1]. The in-
A dissolved oxygen electrode (YSI 5739 dissolved oxy- terstitial liquid velocity was measured in the draft-tube by the
gen and temperature probe with standard membrane; Yellowacid tracer technique [1]. Prior to the measurements, the lig-
Springs Instruments, Yellow Springs, OH, USA) and two pH yid was freed of carbonate/bicarbonate buffering by lower-
probes were located in the downcomer (Fig. 1). The oxygen jng the pH to<4 and bubbling with airl ¢y = 0.085m s,

electrode was positioned at a radial distance of 0.24 m from 45 min) while agitating (200 rpm). After this treatment, the
the centerline of the vessel and 2.15m above the bottomjiquid showed no buffering over the pH rangeH < 4) of

of the tank. The vertical distance between the two identical the measurements. For measuring the tracer response, con-

pH probes was 1.39m; the lower probe was 0.69 m above centrated sulfuric acid~6 M, 30 ml) was poured instanta-
the base of the tank and directly below the upper pH probe. neously on the liquid surface above the riser zone, 0.28 m
The probes were placed at 0.15m radial distance from theragdial distance from the centerline of the vessel. The pH
centerline of the vessel. response was followed at two downstream locations in the
The reactor was sparged with air or nitrogen. The fluids draft-tube. The liquid velocity\( ) was calculated from
used were hard tapwater, aqueous sodium chloride (0.15M)the measured time intervahf) between the tracer response

solution in tapwater, and 2-4% (w/v, g/100 ml) suspensions peaks from the two pH electrodes and the known disténce
of Solka Floc (SF) cellulose fibers in aqueous sodium chlo- petween them: thus

ride (0.15M). The slurries used were previously shown to

simulate well the pulplike mycelial growth of typical fun- V4= —. 3)

gal fermentations [1]. SF (grade KS1016; Fiber Sales & At

Development, Urbana, USA) fibers had an average length of Concentrated sodium hydroxide was used to return the pH
290um and a bulk density of 175kgm. The Tyler stan- to ~4 after each measurement. A maximum of 28 mea-
dard screen analysis was as follows: 1.4% on 35 mesh, 2.0%surements were taken during a day and this increased the
on 48 mesh, 5.2% on 65 mesh, 12.6% on 100 mesh, 78.8%salt (sodium sulfate) concentration in the fluid by less than
through 100 mesh, 39.0% on 200 mesh and 39.8% through0.006 M, which did not affect the hydrodynamic proper-
200 mesh. The SF slurries behaved as non-Newtonian poweties of the hard tap water and the slurries. The mixing
law fluids and their consistencK) and flow ) indices time was determined with the acid tracer method [1],
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as the time needed for the tracer concentration to reachapparent viscosity in Eq. (7) was estimated with the power
95% of its final steady-state value from the instance of law equation
tracer input. n_1

The overall gas-liquid volumetric mass transfer coeffi- pap=Ky" =, (8)
cient k.a. was measured with the well-known dynamic where the average shear ratedepended on the rotational
gassing-in method [1,24,25]. Two independent measure-speed of the impeller [26,27], as follows:
ments were made simultaneously using two dissolved oxy-
gen electrodes, located as noted in Fig. 1. In some cases? — 10N. ©)
additional measurements were made with the two-probe The K- and n-values for the slurries were obtained with
assembly (Fig. 1) moved to the radial mid point of the riser Eqs. (1) and (2), respectively.
zone and without changing the heights of the two oxygen  The mechanical power inpuP{;) related with the power
electrodes. For the measurements, the fluid was deaerate@umber from the power curves [2,17], as follows:
by bubbling with nitrogen until the dissolved oxygen con- 3.5
centration had declined to below 5% of air saturation. The “M = PON"dpL. (10)

nitrogen flow was then stopped, the bubbles were allowed \yhere Po is the power number. The tdeg| was twice the

to disengage, a preset flow of air was now established, ya1ye calculated for one impeller [27]. The impeller power

and the increase in dissolved oxygen concentration wasgraw was not corrected for the presence of gas because for

followed with time until the fluid became nearly saturated prochem hydrofoils the aeration of the fluid is known to have

with oxygen. Thek a_ was calculated as the slope of the  onjy a marginal impact£5%) on the power curve relative to

linear equation that in the unaerated fluid [17] when the air flow number is

—In(L— E) = kLa(t — to), (4) small. Also, the d(_)wncomer zone vyhere the impellers were
located was not directly sparged with the gas.

wherek, the fractional approach to equilibrium [1], is given ~ The total specific power input in the fluid was obtained

as as follows:
_ P Pg + Pw
=% O I (1)
C*—C VL VL

In Eg. (11),P is the total power inputy_ the volume of
fluid, Pg the power input due to aeration aRg the power
pinput due to mechanical mixing.

In Eq. (5),C* is the saturation concentration of dissolved
oxygen,Cp the initial concentration of dissolved oxygen at
timeto when a hydrodynamic steady-state has been reesta
lished (<1 min) upon commencement of aeration d@hthe
dissolved oxygen concentration at any timgl,25]. The 3. Results and discussion
parameterE is essentially the ratio of the instantaneous
mass transfer rate to the maximum possible rate of oxygen3.1. Gas holdup
transfer [1].

The specific power input due to aeration was calculated The fractional gas holdup increased with increasing aera-
[1,14] using the equation tion and agitation rates, as shown in Fig. 3, which was typ-

ical for all the fluids used. In all cases, the holdup initially

Ps _ _pgUer (6)
L 1+ Ad/Ar’ 0.12 T T T T T
where Pg is the power input due to aeratiok the cul- 1
ture volume,g the gravitational acceleratiody the cross-
sectional area of the downcomer zone awd the |
cross-sectional area of the riser zone. The superficial gas ve-g' RPM
locity (Ugy) in Eq. (6) is based on the cross-sectional area of o e 0 ||
the riser zone. The power input due to mechanical agitation « 2 118
was estimated using the power number versus the impeller G v 170 |-
Reynolds number curves for the Prochem impeller [17]. o 200
For estimating the mechanical power, the impeller 230 ||
Reynolds numberRg) was defined as follows: 4 260

./ | |
000 002 004 006 008 010 0.12 0.14 0.16

d?N
Rg = APt (7) »
Hap Ug (ms™)

whered; is the impeller diametel\ the rotational speed of  Fig. 3. Effect of impeller agitation speed and the aeration velocity on the
the impeller andtap the apparent viscosity of the fluid. The  overall gas holdup in 2% SF slurry.
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Fig. 5. Effect of the positioning of the dissolved oxygen electrode on the

Fig. 4. Effect of the impeller agitation speed, the aeration velocity and measuredk a_ for various intensities of aeration and mechanical agitation.

the solids concentration on gas holdup.

rose rapidly with increasing gas velocity until an increasing top and the bottork a_ values measured in the downcomer
rate of bubble coalescence reduced the rate of rise in holdugis generally greater in the absence of mechanical mixing.
(Fig. 3). Bubbly flow regime in which the bubbles rose with  ecause the location of the probes had a relatively minor
relatively few interactions among them, persisted until a gas effect on the calculatek a , the subsequent measurements
velocity of <0.05ms™. At higher aeration rate, the coa- \ere performed only at the upper location in the down-
lesced bubble flow (churn turbulent flow) occurred and a comer. The fluid mixing time (see Section 3.3) of 30-55s
rapid rise in holdup was again observed (Fig. 3) because ofy 3¢ always less thankl/a, . Similarly, the response time of
the formation of large spherical cap bubbles. In mechani- {ne dissolved oxygen electrodesi0 s for 63% of full scale
cally agitated fluids, some gas holdup persisted because Ofresponse) was alwaysl/k a_ and, therefore, the electrode
surface entrainment even in the absence of sparged aeratior}esponse delays could be neglected in calculation of the
At a given aeration velocity and agitation rate, the holdup k g, [1,28]. The average error in the a_ measurements
declined with increasing concentration of the cellulose fiber \y55 9%,
solids in the slurry (Fig. 4). The maximum reduction in The typical dependence of tHea_ on the two main
holdup was 60% relative to the value in the solids-free sys- gperational variables (i.e. agitation speed, aeration rate) is
tem. The holdup reducing effect of solids was associated shown in Fig. 6 for the 2% slurry of SF. The behavior shown
with their turbulence dampening effect. The average error (rig. 6) is generally consistent with that observed for gas

in gas holdup measurements was less than 3%. holdup (Fig. 3) because holdup is the main factor that in-
fluences the gas-liquid interfacial area. Hey value was
3.2. Gas-liquid mass transfer enhanced by increasing aeration and agitation rates (Fig. 6).

Increasing concentration of suspended cellulose fibers re-

In the dynamic measurement &f a, the assumption ducedk_a both in the airlift(N = 0 rpm) and the intensely
regarding the state of mixedness in the reactor can influenceagitated(N = 200 rpm hybrid modes of operation of the
the calculated value of the a, . A well-mixed liquid phase  reactor (Fig. 7). Similar behavior has been observed in many
was assumed to exist in this work, in keeping with prior broths of mycelial fungi [1,5].
knowledge of similar systems [1]. Despite a large volume of In view of the well-known theoretical considerations
fluid (1.1 n?), the assumed well-mixed state was approached [1,23], a plot ofk_a, against the gas holdup ratig/(1—&g)
closely, as confirmed in Fig. 5 where, for given agitation is expected to be linear in any sparged bioreactor, irrespec-
and aeration rates (i.e. the data within a cluster) ke tive of the fluid used and the prevailing flow regime [1].
values obtained with the dissolved oxygen probes located This has been demonstrated in the past for bubble columns
in widely spaced regions of the reactor (either in riser or and airlift bioreactors [1,29]. In the mechanically agitated
in downcomer) showed good mutual agreement, generally hybrid reactor, too, a linear dependence betwigen and
within 6% of the mean value for the two locations. The data the holdup ratio was observed for the full range of the
in Fig. 5 are for the air—water system under extreme states ofaeration rates and the impeller speeds tested (Fig. 8). This
aeration and mechanical agitation. Mixing was noticeably behavior was seen in all the fluids examined.
poorer at all gas flow rates in the airlift mode of operation  As expected, th& /dg ratio (dg: mean bubble diameter)
(i.,e. N = Orpm) compared to when the agitator was used. calculated from the measured valueskpg and the gas
This is reflected in Fig. 5 where the difference between the holdup according to a published procedure [1,23], was con-
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(b) the hybrid modes of operation of the reactor.

stant irrespective of the agitation speed and the aeration rate
used (Fig. 9). The pattern in Fig. 9 was representative of
all the fluids tested, although the specific value ofkhielg

ratio depended on the concentration of the cellulose fibers
in the slurry. The mean experimental value of Kpédg ra-

tio in 2% SF slurry was 0.02618, or within 47% of the
value calculated with the independently developed empiri-
cal [1,14,23] relationship

0.5
k Dy p?
d—L —563x10°° (M) e 0131x¢ (12)

3
B [

whereX; is the concentration of suspended solids in % wi/v,
D\ the diffusivity of oxygen in the suspending fluid, the
interfacial tensiony the viscosity of the liquid phase and
oL the density of the suspending liquid. Note that Eq. (12)
was developed [1,14,23] in bubble columns and airlift
reactors of entirely different geometries than the hybrid
configuration of the present study.

The published correlations fok a_ in mechanically
agitated conventional tanks are usually of the form

Pu\”
kla. =a | — ) UL,
Lar <VL) G

wherea, X andz are constants for a given combination of the
fluid and the geometry of the bioreactor [25,28]. An example
is the following equation [30] for the air—water system:

0.0248\ [/ Py \ %%
k|_a|_=( )(_M> QOSVAT

(13)

i " (14)
wheredr is the tank diameter ar@dg the product ofJg and
the cross-sectional area of the reactor. A similar correlating
approach was used here.

Thek_a_ data for water in the bubble flow regint& g, <
0.05m s 1) correlated with the equation
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+15% maximum deviation.

In developing Egs. (15) and (16), data for airlift modes

0.406Q N —4.36090-3777 - " . .

xUg, (15) of operation (no agitation) were first correlated in the form
kLa. = aUg,. In the next stage, the superficial aeration
velocity Ug, was varied (for various fixed values of the
mechanical specific power inpuy/V,) in the stirred air-
lift mode of operation, to obtain different measurements of
kLa . The resulting data were used to generate a set of
and z-values (one set for eachy/V.), by linear regres-
sion. Thezvalues were observed to depend on the agitation

. [0 04387 1598 x 10-9 <PM )2‘67] measured data withie-5.6% average deviation, or within
LaL = | 0. -1 X —
L

for both the airlift and the agitated-airlift modes of opera-
tion (Fig. 10). The predictions of Eq. (15) agreed with the
measured data withif-9.6% average deviation, or within
+15% maximum deviation (Fig. 10). The data for water
in the churn turbulent or the coalesced bubble flow regime
(Ugr > 0.05ms 1) correlated with the equation

P\ 018 speedN and, therefore, best-fit correlations betweemdN
kLap = |:0_5013_ 0_0769<_'V'> :| Ué-r5732—0-1179" were generated by regression, for the two flow regimes. The
L a-value was seen to depend &y/VL; hence, regression
(16) was used to determine correlations betweeand Py/V

- . . for the two flow regimes.
for both the airlift and the agitated-airlift modes of opera- A ¢orrelation for the overall volumetric gas—liquid mass

tion (Fig. 11). The predictions of Eq. (16) agreed with the yransfer coefficient in the annulus sparged concentric-tube
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airlift vessels has been reported [31], as follows:

kLapoL
Dy gpL

0.500 3\ 0136
=2.25< KL ) o
pLDL gny

di\ —0-0905

h 1.26

X —_ 8G
dc

where the overall mass transfer coefficiektap) depends
on factors such as the gas holdip, the gravitational ac-
celerationg, the surface tensios, the viscosityu of the
liquid phase, the density, of the liquid phase, the diffu-
sivity D of oxygen in the liquid, the diameted. of the
reactor column and the diametdf of the sparger holes.
Eq. (17) was developed for the following range of vari-
ables: 371x 107 < u /pL DL < 6.00x 10, 1.18x 10° <
pLot®/gul® < 593 x 100, 0471 < dy/d. < 0.743,
7.14x1073 < dn/d < 2.86x1072,0.0302< &g < 0.305,
aspect ratio= 6-15 andAqg/A; = 0.52-123. The average
error in estimating thé& ap with Eq. (17) was 12% for 175

17

Y. Chisti, U.J. Jauregui-Haza/Biochemical Engineering Journal 10 (2002) 143-153

developed here agreed exceptionally well with Eq. (17) of
Koide et al. [31] and this validates our data. Of course the
earlier developed Eg. (17) does not apply to slurries and
hybrid airlift reactors and so the comparison in Fig. 12 is
strictly for operations in the purely airlift mode (i.&/ =

0 rpm) with the air—water system.

Note that the overall mass transfer coefficient in Eq. (17)
is given in terms of the volume of the gas—liquid dispersion
and not in terms of the liquid volume. For the comparison
in Fig. 12, thek_ap values calculated with Eq. (17) were
expressed in terms of the a;. using the following [1] exact
relationship:

kLap

kia, = (18)

1—¢c
The measured gas holdup data (see Section 3.1) were used
for the correction.

The only other correlations reported fiora; in mechan-
ically stirred airlift reactors are those of Bang et al. [21]; for
the air—water system, they obtained the equation:

0.81 0.47
B Pc Py
klap =31x10°3| (=2 Sl )
Lk 8 [( L ) * ( 17 ) }

In comparison with Eqgs. (15) and (16) obtained by us,
Eq. (19) produces extremely high values lofa, . Also,
Eqg. (19) is inconsistent with Eq. (17) of Koide et al. [31].
The reasons for this disparity are apparently linked with im-
portant differences between the reactor used by us and that
used by Bang et al. [21]. The latter authors employed an
exceptionally small vesser101) that was sparged in the
draft-tube; theA/Aq ratio was only 0.69 compared to our
value of 1.27; and a marine impeller pumping upward was
used in the draft-tube compared to our downward pumping
hydrofoil impellers.

Thek_a_ data for all SF slurries in the bubble flow regime
(Ugr < 0.05ms 1) correlated with the equation

(19)

measurements [31]. As shown in Fig. 12, Egs. (15) and (16) kLaL = |:(4-042 x 1072 — 4326 x 107739816,

0.020 , , :
i/
I | Air—water / 1
) /
0.016 - Equation 17— ,
| / i
/
<0012 - / i
R
- [ -
(“_l
2 0.008 - Equation 15 *
L P |
~
0.004 |- =
’ == Equation 16
0.000 L L | | |
0.00 0.02 0.04 0.06 0.08 0.10 0.12
-1
Ug (Mms™)

Fig. 12. A comparison of Eqgs. (15)-(17) fara. prediction in the airlift
mode of operation.

0.2
—15x107° P
\

0.8442exp—0.5((C; —27.181)/13.84752}—0.07N

X UGr (20)

for both the airlift and the agitated-airlift operations
(Fig. 13). In the churn turbulent regini® g, > 0.05ms™?)
the data for the slurries correlated with the equation

kLal = [(0.19 —45x 10°3Cg) — (1.19x 1072

P 0.1
+1.825x 1073Cs + 3.650 x 10°°C2) (V_M) }
L

1.2025exp—0.5((Cs—21.8210/20.1351)2}—0.11203V
x UGr

(21)
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Fig. 13. Predicted (Eqg. (20)) vs. measuieady_ in the SF slurries (bubble

flow).

for both modes of operation (Fig. 14). The predictions of
Eqg. (21) agreed with the measured data withit9% aver-
age deviation. Thé_a diminishing effect of the solids is
predominantly because of the reduction in gas holdup cause

by the solids and this reduces the gas-liquid interfacial area
for mass transfer. Also, an increasing concentration of the

cellulose fiber solids has been shown to reducekthealue
for a given average bubble diameter [1,14].

Conventional mechanical agitation is known to enhance
ki a_ relative to values obtained in the absence of agitation;
however, the enhancementkpa,. does not compensate for
the increased power demand of mechanical agitation and th

[1]. This also occurs in low-power agitation with hydrofoil

impellers; thus, as shown in Fig. 15 for the air—water sys-
tem and the 3% slurry of SF, the mass transfer efficiency
Enm is lower with mechanical agitation than in purely airlift kLa_ = 8.043x 10 6197,
operation(N = 0 rpm). The efficiencyE, is defined as

kLar
P/ VL
T T T T T
7 e
0016 - U, >005ms™ +20% .~ ® 7
s
—_ = Ve e
T -
“ o012 e -
- 0. = "Yyar - 1
B e 7 20%
= 3 e > 1
3 -
L 0.008 |- < 00/63 -
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o . >
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k.a,_ (experimental, s™')

Fig. 14. Predicted (Eqg. (21)) vs. measutg@dy in the SF slurries (coa-

lesced bubble flow).

o

200 400 600

800

1000

1200 1400

Total specific power input (W m™)

Fig. 15. Oxygen transfer efficiency vs. total specific power input under
various conditions of agitation.

By multiplying the Ey-value with the steady-state driving
force for oxygen transfer (i.e&C* — Cr), we can obtain the

3.2.1. Surface aeration

c1amount of oxygen transferred per unit of energy supplied.

In the past, many studies characterized gas—liquid mass
transfer in relatively small bioreactors [22,30] in which
absorption at the surface contributed significantly to the
total mass transfer. Generally, no attempts were made to
distinguish between the contributions of the surface and the

esubmerged aeration. In this study, thea, for surface aer-

- : . ... ation was measured under various conditions of agitation
mass transfer efficiency is reduced in presence of agitation

and without the submerged aeration. They for surface
aeration (air—water) correlated (Fig. 16) with the impeller
speed as follows:

(23)

The correlation coefficient for Eq. (23) was greater than
0.999. The dependence shown in Eq. (23) is because of the
combined effects oN on turbulence and the fluid renewal

0.0016

0.0012

0.0008

ke, (s7)

0.0004

0.0000

Fig. 16. Effect of impeller agitation speed d&na_ for surface aeration

in water.
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Fig. 17. Effect of the impeller agitation speed and the aeration velocity Fig. 18. Effect of the impeller agitation speed and the aeration velocity
on mixing time in the 2% SF slurry. on the average liquid velocity in the downcomer (air—water).

rate at the surface. At the lowest aeration rate Ugag = higher aeration velocitie€Ugr > 0.04ms 1), rising bub-
0.0156 ms1), the contribution of surface aeration to the bles seemed to the dominant cause of the mixing (Fig. 17).
total oxygen transfer varied from 1.5 to 11.6%, depending In the air—water system, the flow was always in the de-
on the speed of the impeller. In this case, the ratio of the veloped turbulent regime whenever the agitator was used
liquid surface area to the total volume was only 0.41; po- (N > 110rpm and the impeller Reynolds number exceeded
tentially, the surface can contribute more to the total mass 2 x 10%. In this regime, the impeller flow numbe&Fl =
transfer in shallow reactors such as those used for animaIQL/Nq3) is a constant and a value of 0.82 has been reported

cell culture [25]. for the flow number for the Prochem Maxflo T impeller [2].
Because of the constant flow number, the rate of pumping
3.3. Mixing and liquid velocity (QuL) by the impeller should vary linearly with the agitation
speed, as follows:
The typical variation of the mixing time with aeration and L= 0.82di3N. (24)

agitation rates is shown in Fig. 17. In all cases, the mixing

improved with increasing rates of aeration and mechanical The data in Fig. 18 suggest a non-linear relationship between
agitation (Fig. 17); however, the influence of aeration rate on the impeller speed and the average liquid velochyqj
mixing time was most pronounced only under conditions of measured in the draft-tube. Because @e and V 4 are

little or no mechanical agitation. At sufficiently high aeration related exactly [1] as follows:

velocities (Ugr > 0.04ms1), the mixing times obtained

in the absence of mechanical agitation were comparable to@L = ViaAd(1 - eca). (25)

those obtained with the agitator-assisted operation. Mixing o discrepancy between Eq. (24) and the behavior in Fig. 18
time was not sensitive to the concentration of solids over the is explained by a non-linear dependence betwéamd the

0—-4% concentration range. The average error in the mixing gas holdup in the downcomesgy. The average error in

time mgasurer_nepts was 94% ) the liquid velocity measurements was 7.7%. Unlike with
The linear liquid velocity in the downcomer increased iha air—water system, the flow regime for mixing of the SF

with the increasing speed of the agitator but was not sensi- | rries was transitionall90 < Re < 4000 because of the
tive to the aeration rate (Fig. 18), except in the airlift mode high apparent viscosities of the slurries.

of operation(N = 0rpm). The fact that the liquid velocity
varied little with aeration rate in mechanically agitated oper-
ation (Fig. 18) whereas at a constant agitation speed the mix
ing time declined with increasing rate of aeration (Fig. 17)
suggests that under given conditions of mechanical mixing,
the gas bubbles rising through the fluid were an important
cause of mixing. Bubbling frequency increases with increas-
ing aeration rate and the bubbles rising relative to the liquid 1. Use of low-power axial flow impellers in the downcomer
carry in their wakes a certain amount of fluid. As noted ear-  of an airlift bioreactor can substantially enhance the rate
lier, the effect of mechanical agitation on mixing time was of liquid circulation, mixing and gas-liquid mass trans-
pronounced only at relatively low aeration rates (Fig. 17). At fer relative to operation without the agitator; however,

“4. Concluding remarks

In view of the observations discussed, the principal con-
clusions are as follows:
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the performance enhancements occur at the expense of 3] S. Nagata, Mixing Principles and Applications, Wiley, New York,
disproportionate increase in the power consumption. 1975. . o
2. Increasing concentration of the relatively light fiorous [141Y- Chisti, M. ‘Moo-Young, Airlift “reactors: characteristics,

solids qreat] d th I tri liquid applications and design considerations, Chem. Eng. Commun. 60
ids g y reduces the volumetric gas—liquid mass (1987) 1195-1242.

transfer Coefﬁc?em- ' . [15] J.C. Merchuk, M. Gluz, Bioreactors, air-lift reactors, in: M.C.
3. Surface aeration contributes but little to the total Flickinger, S.W. Drew (Eds.), Encyclopedia of Bioprocess
gas—liquid mass transfer in Iarge bioreactors. Technology: Fermentation, Biocatalysis and Bioseparation, Vol. 1,

4. In mechanically agitated draft-tube reactors, air sparging . Vil New York, 1999, pp. 320-353.

of the riser zone mav or mav not improve the mixin [16] E.D. Eliezer, Power absorption by new and hybrid mixing
! z Yy Yy Improv IXing systems under gassed and ungassed conditions, in: C.S. Ho, J.Y.

'perforr'nar.lce, depenQipg on the intens'ity of the mechan- Oldshue (Eds.), Biotechnology Processes Scale-up and Mixing,
ical agitation. At sufficiently high aeration ratég g, > American Institute of Chemical Engineers, New York, pp. 22-30,
0.04m s 1), whether mechanical agitation is used or not 1987.

has little bearing on the mixing characteristics of the re- [17] G.J. Balmer, I.P.T. Moore, A.W. Nienow, in: C.S. Ho, J.Y. Oldshu'e'
actor (Eds.), Aerated and unaerated power and mass transfer characteristics

of Prochem agitators, Biotechnology Processes Scale-up and Mixing,

In summary, mechanically stirred hybrid airlift reactors American Institute of Chemical Engineers, New York, 1987,

) i L X pp. 116-127.
are well-suited for use with shear-sensitive fermentations [18] K. Gbewonyo, D. Dimasi, B.C. Buckland, Characterization of

that require good oxygen transfer and bulk mixing than can oxygen transfer and power absorption of hydrofoil impellers in

be provided by a conventional airlift reactor. viscous mycelial fermentations, in: C.S. Ho, J.Y. Oldshue (Eds.),
Biotechnology Processes Scale-up and Mixing, American Institute
of Chemical Engineers, New York, 1987, pp. 128-134.

[19] N.G. Ozcan-Taskin, A.W. Nienow, Mixing viscoelastic fluids with
axial flow impellers: flow fields and power consumption, Trans. Inst.
Chem. Eng. 73 (1995) 49-56.
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